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ABSTRACT

The performance of a pilot scale packed differential contactor was evaluated for the continuous counter-
current aqueous two-phase extraction (ATPE) of human immunoglobulin G (IgG) from a Chinese hamster
ovary (CHO) cells supernatant (CS) enriched with pure protein. Preliminary studies have been firstly per-
formed in order to select the dispersed phase (phosphate-rich or polyethylene glycol 3350 Da (PEG)-rich
phase) and the column packing material. The PEG-rich phase has been selected as the dispersed phase
and the stainless steel as the preferred material for the column packing bed since it was not wetted
preferentially by the selected dispersed phase. Hydrodynamic studies have been also performed, and the
experimental results were successfully adjusted to the Richardson-Zaki and Misek equations, typically
used for the conventional organic-aqueous two-phase systems. An experimental set-up combining the
packed column with a pump mixer-settler stage showed to have the best performance and to be advan-
tageous when compared to the IgG batch extraction. An IgG recovery yield of 85% could be obtained
with about 50% of total contaminants and more than 85% of contaminant proteins removal. Mass transfer
studies have revealed that the mass transfer was controlled by the PEG-rich phase. A higher efficiency

could be obtained when using an extra pump mixer-settler stage and higher flow rates.

© 2011 Elsevier B.V. All rights reserved.

1. Introduction

The upstream productivity in the biomanufacturing industry has
been progressing remarkably during the last 20 years [1]. These
advances are, however, leading to bottlenecks in the downstream
processing, since the currently used technological platforms are
reaching their limits of throughput and scalability [1]. Liquid-liquid
extraction using aqueous two-phase systems (ATPSs) has been
suggested as an attractive alternative for the capture of human
antibodies from complex cell culture media [2-5]. These systems
are spontaneously formed as a result of mutual incompatibility of
two polymers or one polymer and salt above certain concentrations
in aqueous media. For large-scale processes, polyethylene glycol
(PEG)/salt systems have been preferred due to several process
advantages including low cost, low viscosity, short phase sepa-
ration time, wide pH range under which the aqueous two-phase
systems are stable and possible recycling strategy of both poly-
mer and salt [6-9]. Besides providing high biocompatibility due to
the high water content (70-90% (w/w) water) and the low interfa-
cial tension of these systems [10], high selectivities and recovery
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yields can be obtained simply by manipulating some experimental
conditions, such as phase forming components type and concen-
tration, pH and ionic strength [11]. Moreover, this unit operation
can integrate clarification, concentration and purification in just
one process step, and combine an easy and reliable scale-up with a
continuous mode of operation [10].

The generation of successful bench-scale prototype aqueous
two-phase extraction (ATPE) processes with potential commercial
application has been reported for the recovery of a large number
of biological products [8]. Its technical feasibility has been, how-
ever, demonstrated for just few of those biological products. In
fact, the poor understanding of the responsible mechanisms for
the partitioning of biomolecules in ATPS and the usually used batch
equipment assembly (agitated vessel + centrifuge) leads to a certain
reluctance from industry to embrace this unit operation as part of
their own processes [8]. Column extractors used for the conven-
tional organic-aqueous liquid-liquid extraction (LLE) operations
in the chemical industry (e.g. spray and packed column) can be
adapted for continuous ATPE of proteins [12] as an alternative to the
typically used batch equipment assembly. In fact, they are known
to provide more than one theoretical stage improving process effi-
ciency, and do not require the use of a centrifuge to achieve faster
phase separation by gravity settling leading to a more cost-effective
process [12,13].
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The column extractors are divided into two main categories,
namely mechanical agitated (e.g. Scheibel, Karr, rotating-disc and
Kuhni contactors) and unagitated and pulsed columns (e.g. spray,
packed and sieve tray columns) [14,15]. The agitated contactors
may usually be used for liquid-liquid extraction systems charac-
terised by a high interfacial tension, since it is difficult to obtain
a good dispersion of these systems in unagitated contactors lead-
ing to a poor mass transfer efficiency. Accordingly, the unagitated
contactors will be preferred for ATPSs as they are typically charac-
terised by a very low interfacial tension [16]. If agitated contactors
would be used for these systems, very small droplets would
be formed, probably, leading to emulsification. In addition, the
unagitated contactors are characterised by lower investment and
operating costs when compared to the agitated contactors [14].
The unagitated spray columns are the simplest and one of the old-
est extraction devices. However, despite the very low cost, this
type of contactors is rarely used due to the significant axial dis-
persion (back-mixing) in the continuous phase which, together
with a poor phase contact in these extractors, leads to a very low
extraction efficiency [14]. The axial mixing in a spray column can
be substantially reduced using a sieve tray or a packed column.
The packing or the sieve trays will also increase the mass trans-
fer efficiency due to an enhanced interfacial area promoted by
the break up of dispersed phase drops [14,15]. Sieve tray columns
are, however, more subject to some limitations, such as flooding
and entrainment, than packed columns [14]. The packing mate-
rial selection in a packed column is also an important issue to take
into consideration, in order to attain an enhanced mass transfer
of the solute. A material preferentially not wetted by the dis-
persed phase should be preferred in order to avoid the drops
coalescence [15]. A further concern is related to the way how the
column is packed: regularly or randomly. Regular packings are
usually preferred to random packings, as low droplet size disper-
sions and, consequently, higher mass transfer efficiencies can be
obtained. In addition, the higher capacities and lower back-mixing
and pressure drops that characterise this type of packing make it
advantageous when compared to the conventionally used random
packings [15,17].

The technical feasibility of a multi-stage equilibrium ATPE of
human antibodies from a Chinese hamster ovary cells (CHO) super-
natant has been reported before by Aires-Barros group [18]. A four
stages cross-current operation was simulated in a test tube, and an
optimised scheme of a predicted counter-current multi-stage ATPE
was obtained. Significant improvements, in both recovery yield and
purity, were observed when compared to a single-stage extraction
step performed at the same experimental conditions. In this report,
we have evaluated the performance of a packed extraction column
for the continuous counter-current ATPE of human antibodies from
a CHO cells supernatant. Several packing materials, including plas-
tic, metal and glass, have been tested in case of phase wetting, and
different strategies have been investigated in order to achieve the
best contactor performance possible.

2. Experimental
2.1. Chemicals and biologicals

Polyethylene glycol (PEG) with molecular weight of 3350, potas-
sium phosphate dibasic anhydrous (K;HPO4), sodium phosphate
monobasic anhydrous (NaH;PO4) and sodium chloride (NaCl) were
obtained from Sigma (St. Louis, MO, USA). All polymers were
used without further purification. Human immunoglobulin G (IgG)
for therapeutic administration (product name: Gammanorm) was
obtained from Octapharma (Lachen, Switzerland), as a 165 mg/mL
solution containing 95% of IgG and composed of different

percentage ofisotypes (59%1gG1,36%1gG,,4.9%1gG3 and 0.5%1gG4).
All other chemicals were of analytical grade.

A CHO cells supernatant containing a human immunoglobulin
G1 (IgGq) directed against a human surface antigen was produced
and delivered by Excellgene (Monthey, Switzerland). An Excellgene
proprietary serum-free medium containing only one protein was
used for production, and phenol red was added to the medium as
a pH indicator. According to the enzyme-linked immunosorbent
assay (ELISA) determinations performed by Excellgene, the IgG titre
was 0.12 mg/mL. Due to the low antibody titre, the supernatant was
spiked with 0.5 mg/mL of Gammanorm IgG.

2.2. Aqueous two-phase extraction

2.2.1. Batch extraction

The bottom and top phases of single-stage aqueous two-phase
systems were prepared separately by weighting the appropriated
amounts of components from stock solutions of 50% (w/w) PEG,
40% (w/w) phosphate buffer and solid NaCl. Phosphate buffer pH 6
was prepared according to the procedure described by Rosa et al.
[3]. The pH of the systems was assumed to be the same as the
original phosphate stock solution. The bottom phase (BP) was com-
posed of 14.6% (w/w) phosphate pH 6, 0.01% (w/w) PEG 3350, NaCl
and 25% (w/w) cells supernatant (CS), and was prepared by mix-
ing a bottom phase stock solution (BPss) with the CS in a mass
ratio of 3 to 1, respectively. The top phase (TP) was composed of
29.1% (w/w) PEG 3350, 2.7% (w/w) phosphate pH 6 and NaCl, and
was added to the ATPS in two solutions, a 50% (w/w) PEG 3350
(TP1) and a salt solution containing the required phosphate and
NaCl (TP2) in the appropriate mass ratio. Partition assays were
set up in 15mL graduated centrifuge tubes. The different solu-
tions (BPss, TP1, TP2 and CS) were weighted into the test tube and
mixed in a vortex (Ika, Staufen, Germany). The systems were after-
wards incubated at room temperature for about 2 h and centrifuged
at 3000rpm for 10 min for better phase separation (Eppendorf,
Hamburg, Germany). Phase volumes were determined and samples
from the top and bottom were taken for phase composition analy-
sis. All samples were diluted at least 6 times and analysed against
blank phase systems prepared with the same phase composition
but adding water instead of the supernatant feed stock.

2.2.2. Continuous extraction

The continuous extraction trials were carried out in a pilot scale
glass packed column operating counter-currently. The column had
an active mass transfer internal cross section area (A) of 707 mm?
with an expanded cross section area of 2043 mm? in the top. It was
composed of nine different sections, in which five of them, with a
height of 0.5 m each, contained regular stainless steel (Hastelloy™)
packing (munz type) with an occupancy space of 5-10% of the
inner diameter of the column (Sulzer Chemtech GmbH, Linden,
Germany). In order to enhance phase separation, the upper part
of the column contained a steel mesh as a coalescer. The bottom
and top phases were prepared separately as described above for
the batch extraction experiments. The column was operated at
room temperature in a continuous operation mode, with the top
PEG-rich phase being continuously dispersed at the bottom of the
column through a capillar and the bottom phosphate-rich phase
being continuously fed at the top of the column, as illustrated in
Fig. 1.

The continuous phase solutions were first pumped into the col-
umn in order to fill the column and wet the packing with that
phase, after which the dispersed phase solutions were started to be
fed into the column. Both continuous and dispersed phases solu-
tions were mixed in a BKM plastic quadropipe static mixer (Sulzer
Chemtech GmbH, Linden, Germany) just before the column inlets.
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Fig. 1. Experimental set-up of the packed column with an inner diameter (D;) of
30mm.

The column was run continuously until steady state was
reached. It was considered that the steady state condition was
achieved when the liquid hold-up in the column had been replaced
at least two to three times and the outlet flow rates and solute
concentration were constant after successive measurements. Phase
volumes were determined and samples from the PEG-rich and
phosphate-rich phases at the bottom and top of the column and
at 1m and 2 m high of the packing bed were taken for composition
analysis. A second experimental set-up, where the packed column
was combined with a pump mixer-settler, was also tested for the
ATPE of IgG (Fig. 2). The pump mixer-settler consisted of a 15 mL
pump mixer with a centrally located mixing impeller and a glass
settler with 48 mm height and 320 mm length. The dynamic part of
the settler contained a metal mesh in order to reduce the volume
of the settler.

The hold-up (¢) was determined by operating the column until
steady flow conditions were reached and stopping simultaneously
both inlet and outlet streams. The interface could then be observed
to descend slowly due to the accumulation of the dispersed phase.
When no further movement of the interface was observed, the
continuous phase supply was turned on gradually until all the
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Fig. 2. Experimental set-up of the packed column combined with a pump mixer-
settler.

dispersed phase liquid was collected at the top of the column. The
volume of the dispersed phase was then determined, and the hold-
up was defined as the volumetric concentration of the dispersed
phase in the dispersion.

2.3. Preliminary tests

2.3.1. Dispersed phase selection

Preliminary qualitative tests have been performed in order to
select which phase, bottom phosphate-rich or top PEG-rich phase,
would be the dispersed phase. A first visual observation test, in
which both phases were used as dispersed phases, has been per-
formed in a test tube. With that purpose, two blank ATPSs (without
cells supernatant) with the composition described above and vol-
ume ratios (Vy), defined as the volume ratio between the top and
bottom phase, of 0.4 and 2.5 were prepared. Care was taken that the
mixing of both systems was performed equally in order to avoid any
interference of this step in the phase settling. The phase separation
was observed and the time for complete separation noted. The drop
formation was also studied by employing both top PEG-rich and
bottom phosphate-rich phases as the dispersed phase. A reservoir
was first filled with the supposed continuous phase, and the dis-
persed phase, previously loaded in a syringe, was slowly injected to
allow the formation of individual drops at the needle of the syringe,
either at the top or at the bottom of the reservoir, respectively when
the phosphate-rich or the PEG-rich phase was the dispersed phase.

2.3.2. Wetting tests

The wet ability of several packing materials for both bottom and
top phases was evaluated. A single drop or more of each phase
was placed on the upper part of the different packing materials
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plates, and its diameter and height was determined. Pictures from
the side and top views of the drops were taken with that purpose.
The percentage of drop area in the packing material plate (Agyp)
was calculated according to Eq. (1), where Rﬁmp corresponds to the
radius of the BP or TP drop, respectively, and R;la
the radius of the packing material plate:

« corresponds to

2
Rplate

R2
drop BP/TP
Adrop BP/TP = <mp/> x 100. (1)

2.4. Analytical methods

2.4.1. Protein A affinity chromatography

The concentration of IgG in both top and bottom phases was
determined by protein A affinity chromatography using a Poros
protein A affinity column from Applied Biosystems (Foster City, CA,
USA) according to the procedure described by Rosa et al. [18]. The
recovery yield of IgG in the top phase, Yr,,, defined as the ratio
between the mass of IgG in the top phase and the total mass of
IgG added to the ATPS multiplied by 100, was determined based
on the protein A chromatography results. The partition coefficient,
Kp, was also determined for the extraction performance evaluation
of the batch test tube trials and was defined as the ratio of IgG
concentration in the top phase to that in the bottom phase.

2.4.2. Size-exclusion chromatography

The total purity of both top and bottom phases was evalu-
ated by size-exclusion chromatography (SEC) using a TSK-GEL
Super SW3000 column (30 cm x 4.6 mm L.D., 4 wm) and a TSK-GEL
super SW guard column (3.5cm x 4.6 mm 1.D.) from Tosoh Bio-
science (Stuttgart, Germany) according to the procedure described
by Rosa et al. [3]. A gel filtration standard containing thyroglobu-
lin, gamma globulin, ovalbumin, myoglobin and vitamin B-12 was
used as molecular weight standard. The total purity, Pro, defined
as the ratio of the area of the IgG peak to the total area of the
chromatogram subtracted by the total area of the blank phase chro-
matogram, and the percentage of contaminants removal, CR, were
calculated from the SE chromatograms. The percentage of contami-
nants removal was obtained according to Eq. (2), where Acontaminants
is the peak area of the contaminants, V is the volume of the corre-
sponding phase and DF is the dilution factor of the sample loaded
into the column. The Acontaminants Was determined by subtracting
the area of the IgG peak (Ajsc) and the total area of the correspond-
ing blank phase (A¢tal piank) to the total area of the sample phase
chromatogram (Aorar):

R=(1- (Acontaminants X V X DF )ppqse
(Acontaminants X V X DF)cho celis supernatant

) x 100. (2)

2.4.3. Total protein quantification

The total protein content in both top and bottom phases was
determined by the Bradford assay [19] using a Coomassie reagent
supplied by Pierce (Rockford, IL, USA). To avoid interference from
phase components, samples were diluted and analysed against
blanks containing the same phase composition but without pro-
teins. IgG from Octapharma was used as a standard for protein
calibration. The protein purity, Ppotein, Was determined by the ratio
of IgG to total protein concentration in the phase, and the purifi-
cation factor, PF, by the ratio between the final purity in the phase
and the initial purity in the feed stock.

3. Theory
3.1. Hydrodynamics

The slip velocity concept has been developed to describe the
counter- and co-current flow of two heterogeneous phases in a col-
umn extractor [20]. This concept concerns the mutual velocities of
movement of both liquid phases and states that the average drop
rise velocity relative to the continuous phase or slip velocity (vs)
is constant under given conditions, and for counter-current flow is
equal to the sum of the average superficial velocities of both dis-
persed and continuous phase. The superficial velocity of a single
phase is defined as the ratio between the volumetric throughput
(F) and the cross-section area of flow (A). In the dispersion, the
concept, hence, assumes that the cross-section area accessible for
the flow of the dispersed phase is A¢, and for the continuous phase
A(1 —¢), according to Eq. (3) [20]:

Ve
e(1-¢)

where v; corresponds to the dispersed phase velocity (m/s), v
corresponds to the continuous phase velocity (m/s) and e is a cor-
rection factor regarding the space taken by the packing material,
corresponding to the void fraction of the packing [21].

The counter-current movement of the dispersed and continu-
ous phases differs significantly from the movement of individual
droplets due to either the influence of other droplets or the influ-
ence of the ever-present continuous phase. In accordance to that, it
has been found that the slip velocity is not constant under certain
conditions, being strongly dependent on the hold-up. Anincreasein
the hold-up leads to a decrease in the slip velocity due to the effect
called hindered settling [20]. Many studies have been performed in
order to better understand this effect, and the following equations
have been successfully used for column design of organic-aqueous
two-phase systems [20]:

(3)

L
5_e¢

- The Pratt-Thornton equation:

vs =1o(1 - ¢) (4)
- The Richardson-Zaki equation:

vs =vo(1 - ¢)* (5)

- The Misek equation:

vs = vo(1 — plexp(ag), (6)

where vy corresponds to the characteristic rise velocity for a sin-
gle drop (m/s) and o and ¢ to constants. These three equations
describe the departure of slip velocity at ¢ >0 from vy, which is the
slip velocity extrapolated to ¢ =0 [20].

The limiting operating flow rates are attained when hold-up
reaches a maximum value. Any further increase in the dispersed
phase flow during the normal operation of column results immedi-
ately in flooding, in such a way that, the light phase starts to leave
the column at the bottom instead of at the top of the column and
the heavy phase the opposite. The hold-up equals to zero when
the dispersed phase throughput is zero, increasing, however, when
the dispersed phase throughput increases, reaching a maximum
attainable which is called as the hold-up at flooding (¢). Express-
ing v4 and v, from Eq. (4) to Eq. (6), differentiating and combining
by eliminating vy, the relations for hold-up at the flooding point are
obtained [20]:

- The Pratt-Thornton equation:
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3.2. Mass transfer

The mass transfer rate in liquid-liquid extraction processes may
be determined by using Whitman’s two-film concept, in which the
mutual solubility of the two phases is considered negligible, so that
the boundary between the two phases will be permeable to the
solute. What is more, the interphase mass transfer is assumed to
occur by a turbulent mechanism in the main stream of each phase
and by a molecular mechanism through stagnant films on each side
of the interface, as depicted in Fig. 3 [22]. This process of diffusion
occurs because the solute concentration in the bulk of bottom phase
is greater than that at the interface, and assuming that the flux
across both films is equal, with no resistance at the interface and
that the equilibrium is established at the phase boundary [22].

The rate of solute transport across both the films, across the
interface, N, may be expressed as:

N = kx(x — x;) = ky(y; — ¥), (10)

where, ky and ky, are the individual film coefficients for mass trans-
fer (m/s), x and y are the average stream concentrations in both
phases (kg/m3) and x; and y; are the solute concentrations in equi-
librium across both bottom and top phases at the interface (kg/m?3),
with

yi = Kpx;. (11)

The mass transfer rate may be expressed in terms of overall area-
based mass transfer coefficients, Kox and Koy, due to the difficulty
in determining the interfacial concentrations x; and y; [22]:

N = Kox(x — x*) = Koy(y* — ¥), (12)

where, x* and y* represent the solute concentration in the bottom
phaseinequilibrium with the solute concentration in the bulk of the
top phase and the solute concentration in the top phase in equilib-
rium with the solute concentration in the bulk of the bottom phase,
respectively. The overall coefficients, Kox and Koy, can be related
to the individual film coefficients through the following equations
[22]:

1 1 1

EZEJF—KPky (13)

X} Vi
FBP FTP
7 ¥
Y dZ
VoIl P
Fap Fre
) 4
X2 Y2
FBP Frp

Fig. 4. Scheme of a continuous counter-current differential contactor.

1 1 Kp
Koy ~ Ry + T (14)

Fig. 4 shows a schematic diagram for the continuous counter-
current extraction of a solute in a differential contactor with a cross
sectional area A (m?). The solute is extracted from the continu-
ous bottom phase, with a flow rate Fgp (m3/s), to the dispersed top
phase, with a flow rate Fp (m3/s).

A differential change in the concentration of both bottom and
top phases will occur over a differential height dZ at any location
along the column. Thus, if the interfacial area of contact between
both phases per volume of active mass transfer volume is a (m~1),
then in the differential height dZ, the interfacial area per unit col-
umn cross section will be equal to a(dZ) [22]. Accordingly, the rate
of solute transfer can be described in terms of overall mass transfer
coefficients, Koxa or Koya (s~1) [22]:

d (%x) —d (%y) — Koxt(x — X*)dZ = Koya(y* —y)dZ.  (15)

When the solute concentration in the two phases is small, Eq.
(15) may be simplified resulting in the following equations [22]:

X1 Z
dx A V4
NTU),, = = —Koxa dZ = ——— 16
( Jox ‘/x2 X—x  Fgp ox /0 (HTU), (16)

X1 Z
dx A V4
(NTU),, =/ = 7Koya/ dZ = ———, (17)
o VYV Fer o (HTU),,

where (NTU)ox and (NTU),y represent the number of transfer units
and are a measure of the difficulty of separation, and (HTU)x
and (HTU),y represent the overall height of transfer unit (m)
[22]. Assuming that the equilibrium line is straight with slope Kp
and performing a solute mass balance in the whole column, the
number of transfer units may be described by the following
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equations [22]:

X1
dx (%1 —x2)
(NTU),, = / _ X1 =%)
A N

_ In((x1 —y1/Kp)/(x2 = y2/Kp)) (18)
1 — (Fgp/KpFrp)

=y O =Vim (FrpKp/Fgp) -1
(19)

V1
dx — In(Kpxq — y1/Kpxs —
(NTU)Oy:/ 1 —y2) _ In(Kpxy —y1/Kpxs — y2)
Y2

where Im means log mean of the solute concentration at both top
and bottom of the column.

4. Results and discussion
4.1. Preliminary studies

4.1.1. Continuous and dispersed phase selection

The continuous and dispersed phase selection in an LLE process
is a relevant issue [23]. In view of that, two different preliminary
tests have been performed in order to select which phase, bot-
tom phosphate-rich or top PEG-rich phase, would be the dispersed
phase. Two ATPSs with volume ratios of 0.4 (PEG-rich phase used
as the dispersed phase) and 2.5 (phosphate-rich phase used as the
dispersed phase) were firstly prepared, vigorously mixed and the
phases allowed to separate. Photographs were taken at different
intervals during phase separation.

It could be clearly observed that, for the lowest volume ratio
system, the TP was being dispersed with the droplets rising and coa-
lescing, while, for the highest volume ratio system, the BP droplets
were falling and coalescing. A slightly faster phase separation was
obtained when the phosphate-rich phase was used as the dispersed
phase. However, the obtained droplets were larger and with a non
spherical shape when compared to the drops obtained when the
PEG-rich phase was dispersed in the phosphate-rich phase. This
may be related to the drag force, which results from the higher
viscosity of the TP continuous phase when compared to the BP
dispersed phase [16]. According to these studies, the PEG-rich
phase should be selected as the dispersed phase since, smaller and
spherical drops were obtained, which will improve mass transfer
efficiency as a consequence of the higher interfacial area.

The drop formation was also evaluated by visual observation by
employing both top PEG-rich and bottom phosphate-rich phases
as the dispersed phase. Extended films were obtained when the
phosphate-rich phase was dispersed in the PEG-rich continuous
phase. However, for the opposite case, it was possible to obtain
small spherical drops (results not shown). In addition to these
experimental visual observations, it is also known from the con-
ventional organic-aqueous liquid-liquid extraction systems that,
typically, larger drops are obtained when the solute mass trans-
fer occurs from the dispersed to the continuous phase [22]. These
larger drops may result from the solute accumulation in the contin-
uous film between adjacent drops which can lead to an enhanced
coalescence due to a local reduction of the interfacial tension [22].
The PEG-rich phase was thus selected as the dispersed phase.

4.1.2. Screening of packing materials: wetting tests

A relevant concern when using a packed extraction column is
the packing material wet ability for both continuous and dispersed
phases. In fact, the wet ability of the packing surface decides the
pattern of flow of the dispersed phase. If the dispersed phase pref-
erentially wets the packing, its flow pattern in the column will be
in the form of extended films over the surface of the packing, which
may result in a low mass transfer efficiency. In accordance to this,
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0.01% PEG 3350, and the top phase of 29.1% PEG 3350, 8.5% NaCl and 2.7% phosphate
pH 6. Concentrations expressed in % (w/w).

a dispersed phase which does not wet preferentially the packing
surface must be preferred, in such a way that, the dispersed phase
will flow in the form of discrete drops and the packing will act as
baffles and dispersers for the drops [22].

The wet ability of several packing materials for both phases
was, hence, evaluated as described in the materials and meth-
ods section. Fig. 5 depicts the percentage of drop area of both
phosphate-rich and PEG-rich phases in the several packing material
plates evaluated. A higher percentage of PEG-rich phase drop area
and, consequently, a higher PEG-rich phase wetting, was generally
observed for the plastic and quartz glass materials in comparison
to the phosphate-rich phase. In fact, as shown in Fig. 5B, the ratio
Adrop p/Adrop P Was usually higher for the stainless steel materials
(except for the Metal Nr 10) indicating that these should be the pre-
ferred materials for the column packing bed. The material “Metal
Nr 49” was then chosen: it is a regular stainless steel (Hastelloy™)
packing (munz type).

4.1.3. Hydrodynamic studies

The influence of the total dispersed and continuous phase veloc-
ity on the hold-up was evaluated in order to get some information
about the hydrodynamics of the stainless steel packed column
running with the selected ATPS according to experimental set-up
described in Fig. 1. A regular packing was used due to the advan-
tages already described in the introduction section, such as low
droplet size dispersion and, consequently, high mass transfer effi-
ciency, high capacities and low back-mixing and pressure drops.
Three different systems with two different NaCl concentrations and
using spiked or not spiked cells supernatant have been prepared
and the respective hold-up determined (Table 1).

The hold-up describes the amount of solvent actually available
for the removal of the target product from the feed, being, hence,
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Table 1

Packed column hydrodynamic parameters obtained experimentally and based on the Pratt-Thornton, Richardson-Zaki and Misek equations using a PEG/phosphate ATPS. The
bottom phase was composed of 14.6% phosphate pH 6, NaCl, 0.01% PEG 3350 and 25% CHO cells supernatant, and the top phase of 29.1% PEG 3350, NaCl and 2.7% phosphate

pH 6. Concentrations expressed in % (w/w).

Trial NaCl (%) CHO CS ve x 103 (m/s) Vg X 10 (m/s) ¢ (%) vs x 102 (m/s) ¢fPratthhﬂrnmn ¢fRichardsoanuki ¢fMisek
1 ) 0.86 0.43 3.6 131 - - -
2 7.5 W?fl.“’”t 126 0.63 6.5 112 - - -
3 spixing 1.96 0.98 334 0.60 28 21 22
4 7.5 Spiked 1.01 0.44 4.0 1.24 27 21 21
5 10 Spiked 1.34 0.80 8.3 1.12 29 22 23
(A) 40 - The Richardson-Zaki equation:
w0k M vs=1.34x 1072(1 — $)**°, R2=0.99 (21)
= : / - The Misek equation:
9 C
< 20
ad r / Us = 1.36 x 1072(1 — ¢) exp(—1.24¢), R? =0.98. (22)
07 A Good correlation coefficients were obtained for the adjustments
C of the experimental data to Richardson-Zaki and Misek equations
Y S S A R (Fig. 6B). For Pratt-Thornton equation, the correlation coefficient
0.0 0.5 1.0 15 2.0 25 3.0 was relatively lower. This may be related to the fact that this equa-
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Fig. 6. Hydrodynamic studies: (A) effect of total continuous and dispersed velocity
on the hold-up ((¢)) trial 1 to trial 3, () trial 4 and (& ) trial 5); (B) parity plot for the
slip velocity obtained from Eq. (4) to Eq. (6) ((#) experimental, (ll ) Pratt-Thornton,
(A ) Richardson-Zaki and (*) Misek). The bottom phase was composed of 14.6%
phosphate pH 6, NaCl and 0.01% PEG 3350, and the top phase of 29.1% PEG 3350,
NaCl and 2.7% phosphate pH 6. Concentrations expressed in % (w/w).

valuable for the estimation of the mass transfer capabilities of an
extraction unit under defined conditions [24]. An increase in the
hold-up was observed as the total continuous and dispersed phase
velocities increased (trial 1 to trial 3), being important to notice that
the hold-up obtained in trial 3 corresponded to the hold-up at the
flooding point. It was also possible to observe that the spiking of the
cells supernatant and the increase of the NaCl concentration in the
ATPS from 7.5% (w/w) to 10% (w/w) has apparently no significant
effect on the hydrodynamics of the column, despite the very low
number of experimental points. In fact, these two extra experimen-
tal points, corresponding to trial 4 and 5, respectively, fitted well
to the hold-up curve obtained for the first three trials (Fig. 6A). The
slip velocities were therefore determined, and all the experimental
results have been adjusted to the Pratt-Thornton, Richardson-Zaki
and Misek equations [20]:

- The Pratt-Thornton equation:

s =1.23x10"%(1-¢), R>*=0.78 (20)

tion is oversimplified and, indeed, represents only a special case
for «=1 or a=0 of the other two equations [20]. As a result, an
average characteristic velocity, calculated considering both Egs.
(21) and (22), of 1.35 x 10~2 m/s was attained. This velocity rep-
resents, as referred above, the velocity of a single rigid drop and,
as expected, is in fact higher than the average drop rise velocity.
The limiting hold-up at transition was also determined using Eqs.
(7)-(9). The values obtained for the three different trials were very
similar, being in average about 21% when the Richardson-Zaki and
Misek equations were used. This value is low when compared to
the experimental flooding point obtained, which was 33%. Never-
theless, one should notice that this limiting hold-up at transition
occurs at flow rates roughly 50-70% of those resulting in true flood-
ing [21], which means that, actually, the true flooding point hold-up
will be close from the one obtained experimentally.

4.2. Aqueous two-phase extraction of IgG using a packed column

4.2.1. Packed column performance

The multi-stage equilibrium ATPE of IgG has been previously
investigated by the authors [18]. A four stages cross-current oper-
ation was simulated in test tubes for two ATPSs containing 7.5%
and 10% (w/w) NacCl. It was observed that, when just 7.5% (w/w)
NaCl was added to the ATPS, it was not possible to recover IgG with
high yields unless a very high number of stages and/or very high
volume ratio would be used [18]. In fact, a volume ratio of 69 and
five stages would be required in order to get a 97% IgG recovery
yield, leading to a very diluted purified IgG solution [18]. A pre-
dicted optimised scheme of a counter-current multi-stage ATPE
was, hence, described for the recovery of IgG using a PEG/phosphate
ATPS containing 10% (w/w) NaCl. An IgG recovery yield of 89% and
protein purity of 75% could be obtained if a volume ratio of 0.4 and
five stages would be used, based on McCabe Thiele diagrams [18].
Accordingly, the performance of the regular stainless steel packed
column was evaluated for the continuous extraction of IgG from
a CHO cells supernatant (570 mg IgG/mL; 700 mg protein impu-
rities/mL, Ppyotein = 45%, Protar = 18%), using the PEG/phosphate ATPS
containing 10% (w/w)NaCl. Trials 1 and 2 were performed under the
experimental conditions presented in Table 2 and using different
experimental set-ups as depicted in Figs. 1 and 2, respectively. The
main difference between both experimental set-ups was the use of
an extra pump mixer-settler stage in trial 2. The operating through-
puts of both phases were selected to be in the range of 50-80% of the
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Table 2

Running conditions of the counter-current ATPE of IgG from a CHO cells supernatant performed in a packed column. The bottom phase was composed of 14.6% phosphate
pH 6, 10.6% NacCl, 0.01% PEG 3350 and 25% CHO cells supernatant, and the top phase of 29.1% PEG 3350, 8.5% NaCl and 2.7% phosphate pH 6. Concentrations expressed in %

(w/w).
Trials Fgpin (L/D) Fesin (L/h) Frprin (L/h) Frpzin (L/D) Fgp our (L/h) Frpour (L/h) Vi
Test-tube - - - - - - 0.54
Trial 1 1.68 0.73 0.76 0.49 225 1.23 0.55
Trial 2 2.57 1.05 1.12 0.77 3.45 2.01 0.58
0.45
Packed (A)
col+MS T
Packed 3 030
column > 1
£
Testtube % 0.15
Initial T
0.00 : : :
100 Bottom 1m 2m Top
Column Column
Performance parameters (%)
Fig. 7. Performance parameters obtained for the IgG ATPE from a CHO cells super- (B) 0.45
natant containing 0.57 mg/mLIgG in a test tube, in a counter-current packed column 1
as described in Fig. 1 and in a counter-current packed column combined with a pump
mixer-settler (packed column +MS) as described in Fig. 2: (W) Yrop, (5] ) Pprotein and — T
(") Protar- The bottom phase was composed of 14.6% phosphate pH 6, 10.6% NaCl, —E' 0.30
0.01% PEG 3350 and 25% CHO cells supernatant, and the top phase of 29.1% PEG 5 1
3350, 8.5% NaCl and 2.7% phosphate pH 6. Concentrations expressed in % (w/w). 3
. o, e . . . oge G 0 15
limiting value, which is reached at flooding conditions [20]. A batch > o
test tube trial was also performed for comparison. The steady state T
was reached about 5 h after the beginning of trial 1 and 4 h after the 1 H
beginning of trial 2. 0.00 : : : :
Fig. 7 shows the extraction performance parameters obtained Mixer- Bottom 1m 2m Top
for the three trials. When the experimental set-up described in Settler Column Column

Fig. 1 was used, the IgG recovery yield in the PEG-rich phase was
similar to the test tube trial. Higher IgG recovery yields were, how-
ever, attained when the experimental set-up described in Fig. 2 was
used. A 24% higher recovery yield and slightly higher purities were
obtained when compared to the batch test tube trial, indicating
that the differential contactor combined with a pump mixer-settler
allows the continuous recovery of IgG with a higher enrichment
without loosing in purity. Moreover, this experimental set-up col-
umn +pump mixer-settler allowed the removal of about 50% of
total contaminants and more than 85% of contaminant proteins.
Similar extraction performance results were previously obtained
when the IgG ATPE was performed in a six stages counter-current
MSB [18]. It is, hence, possible to conclude that the used experi-
mental set-up differential packed contactor + pump mixer-settler
is suitable for the continuous extraction of IgG from a CHO cells
supernatant. The IgG profile along the column was also determined
for both trial 1 and trial 2, and is depicted in Fig. 8. It can be observed
that, as expected according to the extraction performance results,
in trial 1, more IgG remains in the phosphate-rich phase.

In order to understand the differences between the results
obtained in trials 1 and 2, the recovery yields obtained in trial 2
in the column and in the pump mixer-settler stage were deter-
mined. A 73% and 12% recovery yields were obtained in the column
and pump-mixer-settler steps, respectively. One may, hence, con-
clude that the higher yield obtained, using the experimental set-up
described in Fig. 2, may not only be related to the fact of having
one stage more, but maybe also to the higher flow rates used. In
fact, when higher flow rates are used, the average drop rise veloc-
ity is lower leading to a higher residence time inside the column

Fig. 8. 1gG profile along the column during the ATPE from a CHO cells supernatant
using the experimental set-up described in (A) Fig. 1 and (B) Fig. 3: (M) bottom phase
and () top phase.

and, consequently, an enhanced mass transfer. On the other hand,
the mixing of the TP1 and TP2 solutions before the TP inlet in the
column in trial 1 could have also been a bottleneck in achiev-
ing a high recovery yield. The high viscosity of TP1 might have
led to a deficient mixing of the TP solutions, resulting in a het-
erogeneous dispersed top phase, and, probably, in a lower solute
mass transfer from the continuous phosphate-rich phase to the dis-
persed PEG-rich phase. The fact of having a pump mixer-settler
stage before the column in trial 2 assures an efficient mixing of
the TP inlet solutions, so that the phases components (especially
top phase) will reach equilibrium concentrations before the col-
umn inlet. This will translate into higher mass transfer efficiencies
in the bottom of the column as the use of a previous stage makes
sure that the phase components equilibrium concentrations are
reached before the column inlet. A column with a higher active
mass transfer height and higher flow rates should then be used in
order to enrich higher recovery yields, being, however, necessary
to find a commitment between the equipment specifications and
hydrodynamics.

4.2.2. Mass transfer studies

The IgG liquid-liquid equilibrium data has been previously
determined for the PEG/phosphate ATPS and a dependency of the
partitioning coefficient on the IgG concentration was observed,
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Table 3

Packed column efficiency parameters obtained for the continuous counter-current
ATPE of IgG from a CHO cells supernatant. The bottom phase was composed of 14.6%
phosphate pH 6, 10.6% NaCl, 0.01% PEG 3350 and 25% CHO cells supernatant, and the
top phase of 29.1% PEG 3350, 8.5% NaCl and 2.7% phosphate pH 6. Concentrations
expressed in % (w/w).

Trials Koya x 10° (s71) Koxa x 10° (s1) (NTU)oy (HTU)oy (m)
Trial 1 12.2 41.5 0.71 4.0
Trial 2 25.6 87.0 0.91 3.1

especially at very low concentrations [24]. Thus, the IgG partition-
ing coefficient along the differential contactor was also not constant
due to the IgG concentration variation inside the column. In fact,
according to LLE data obtained in batch test tube trials [25], it was
expected that the IgG partitioning coefficient in the bottom of the
column would be low, close from about 1, increasing up to about
6 in the top of the column. As a result, in order to determine the
efficiency of the column in both trials 1 and 2 by applying the two-
film concept, which assumes a constant partitioning coefficient, an
average partitioning coefficient was considered and the continuous
and dispersed based overall mass transfer coefficients determined.
The average IgG partitioning coefficient was determined based on
a linear regression of the LLE data and was found to be 3.4. Table 3
presents the packed column efficiency parameters obtained for the
continuous counter-current ATPE of IgG from the CHO cells super-
natant. Higher overall mass transfer coefficients were obtained for
trial 2, which may be related to the use of higher flow rates and
an extra pump mixer-settler stage which allowed the attainment
of the phases components equilibrium concentrations before the
column inlet. In addition, it is possible to observe that, as expected
according to the two-film theory, the mass transfer was controlled
by the PEG-rich dispersed phase and, therefore, the calculation of
the height and number of transfer units was based on that phase.
A slightly higher efficiency of the packed column was observed for
trial 2. Further mass transfer and hydrodynamic studies should,
however, be performed in order to improve the efficiency of this
packed differential contactor for the ATPE of IgG from complex cell
culture media.

5. Conclusions

In this research work, the suitability of a packed differential
contactor for the ATPE of human antibodies from a CHO cells super-
natant is shown. Preliminary studies, based on visual observation
and wetting evaluation, revealed that the PEG-rich phase should
be used as the dispersed phase and that a stainless steel pack-
ing bed should be selected. The hydrodynamics of the stainless
steel packed column was further studied, and it was possible to
successfully adjust the experimental data to the Pratt-Thornton,
Richardson-Zaki and Misek equations, which have been typically
used for the conventional organic-aqueous two-phase systems.

The best performing experimental set-up for the ATPE of IgG
consisted of a combination of the packed column with a pump

mixer-settler. An IgG recovery yield of 85% and a protein purity of
84% (purification factor of 1.84 out of a maximum of 2.19) were
obtained. This represents significant improvements when com-
pared to the batch IgG extraction, where a recovery yield of 61%
and purification factor of 1.59 were attained. According to the mass
transfer studies, it was also possible to conclude that the use of
higher flow rates and an extra pump mixer-settler stage favour the
IgG mass transfer, which was controlled by the PEG-rich dispersed
phase. A commitment between the equipment specifications and
hydrodynamics should, however, be obtained in order to have the
higher mass transfer efficiency possible.
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